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Abstract

Metallic structured reactors have proved to increase the yield of maleic anhydride (MA) in oxidatidsutdne and to reduce catalyst
deactivation. In this study a structured reactor made of Cr—Al steel rosettes has been tested. Reaction conditions (temperature, contact time,
content of reaction mixture) were found to achieve optimal reactor performance. Based on obtained results a model of heat and mass transfer
in the reactor has been put forward. The estimated activation energy ofdli@ane oxidation to MA, 87 kJ/mol, agrees with the literature
data.
© 2004 Elsevier B.V. All rights reserved.
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1. Introduction or ethylene oxide production. For tleexylene process the
used Ti—-V oxide catalyst is mainly deposited on small ce-
In recent years, more attention has been given to selectiveramic particles. Supported V—P—O catalysts are commonly
catalytic oxidation of hydrocarbons. One of the industrial applied for benzene oxidation to MA. There are also limited
challenges, maleic anhydride (MA), is obtained in catalytic information about V—P—O catalyst deposited on ceramic

oxidation of benzene ar-butane with oxygen from aif]. particles [5] and alumina-, silica- and titania-supported
On industrial scale, the process is carried out in multitubular v—p—Q catalyst§6] used forn-butane to MA oxidation.
reactors filled with tubes of 21 or 23.9mm in ij@]. The Metal structured carriers appear an attractive alterna-

reactor operates at a temperature maintained precisely in thejve for selective oxidation processes. The main problem
range of 350-370C, which is controlled by the circulation  encountered for selective oxidation is a low selectivity to-
of molten salts in a cooling bath. A great deal of attention has wards oxygenates resulting mainly from the kinetic control
also been given to developing the catalysts of high activity and temperature profile along the reactor. Additionally, in
and selectivity towards MA. Typically used catalysts contain the industrial multitubular reactor with a ceramic carrier,
vanadium-phosphorus—oxide (V-P-O) doped with Fe, Cr, hot-spots occur, which give rise to the deactivation of a cat-
Ti, Co, Ni, Mo [3]; the active sites being assigned to vanadyl alyst due to the insufficient heat transfer, leading in turn to
pyrophosphate (VQP,07 with vanadium at+-4 oxidation  almost total oxidation of feed hydrocarbons, and in this way
state[4]. to a considerable decrease in yield. Thus, the selectivity can
Although the process ofi-butane oxidation to MA is  pe increased by either choosing appropriate reaction condi-
mainly performed using bulk V-P-O catalyst (extruded tions or by designing a proper structured reactor. There are,
in shapes of cylinders, spheres or rings) in multitubular however, certain restrictions, which have to be taken into
fixed-bed reactors, there are great many examples of similaraccount to achieve this. High flow rates of reactants impose
industrial large-scale processes which apply supported vanathe selection of the catalyst carriers of an extra low pressure
dium catalyst, e.go-xylene oxidation to phthalic anhydride  drop and high heat transfer coefficients from bed to cooling
medium. Recently introduced chromium—-aluminium steel
* Corresponding author. Tek+48-12-6324888; fax:-48-12-6340515.  1€aves seem promising both for modelling optimal catalyst
E-mail addresslojewska@chemia.uj.edu.pl (J. Lojewska). carriers and for catalyst deposition.

0920-5861/$ — see front matter © 2004 Elsevier B.V. All rights reserved.
doi:10.1016/j.cattod.2004.03.010



60 A. Kotodziej et al./Catalysis Today 91-92 (2004) 59-65

Nomenclature

a specific catalyst surface @tm3)

C concentration (kmol/f)

Cac concentration of component A on
catalytic surface (kmol/R)

D reactor’s diameter (m)

E activation energy (kJ/mol)

Kev volumetric mass transfer coefficient to
catalyst surface, ()

ki, ko kinetic rate constants of reaction (1a)
and (1b) (s1)

Kso pre-exponential coefficient in Arrhenius
equation (s1)

kE’ corrected kinetic rate constaiiiq. (4)
s

L reactor’s length (m)

Qr, Qs heat of reaction (1a) to MA, and (1b)
to CQOp, respectively (kJ/mol)

r kinetic rate kmol/(s ri of reactor)

T, Tc, Tw  temperatures of flowing gas, catalyst
surface, reactor’s wall, respectively (K)

w superficial gas velocity (m/s)
X axial coordinate (m)
Xp diffusional correction factor

(dimensionless)

Greek letters

o, Oy heat transfer coefficient to catalyst
surface, reactor’s wall, respectively
(Wm—2K™1)
void volume (dimensionless)
conversion degree (dimensionless)

v stoichiometric coefficient ifeq. (1)
(dimensionless)

T time (s)

Subscripts

A n-butane

C catalyst surface

f flowing gas

R MA

S COo

w tube’s wall

0 inlet of reactor

1,2 reactions (1a) and (1b), respectively

metal structured carrier in selective oxidation (exgutane

to maleic anhydride); to show the way of possibilities of
enhancement of the heat and flow properties of the reactor
by use of the structured catalyst. The aim of this study is
to develop and to test the model of heat and mass transfer
throughout the reactor using an approximation of parallel re-
action kinetics and of uni-dimensional reactor. In this study,
n-butane oxidation to MA over V-P-O catalyst has been
chosen as a model process to test the carrier designed by us
and to prove applicability of such a device to selective oxi-
dation. For reference, we utilised some experimental results
performed within another project using the same chemical
reaction, equipment and V—-P-0O catalyst deposited on ce-
ramic particles (unpublished data, which could be cited here
only gualitatively).

2. Heat and flow characteristics of the designed
carrier

Out of a great many structured carriers manufactured from
Cr—Al steel leaves (steel type 00H20J5) studied sfriamwe
have chosen the optimal one for this test reaction (7B). The
best carrier has been chosen using performance efficiency
criteria described ifi8,9].

The carrier is built of rosettes and U-shaped rings. A
rosette contains 20 leaves 9.2mm in height and has a to-
tal diameter 23.9mm (i.d. of the tube) made of a steel leaf
0.05 mm thick. The U-shaped ring is stamped from a steel
leaf (0.3 mm thick) and has 0.d. 22.4mm, i.d. 11 mm and is
2mm in height. The void fraction of the carrier (7B) equals
to 0.956 ni/m? and specific surface area of 918/m3. The
detailed information on the experimental methods, investi-
gated carriers and experimentally derived correlations for
Fanning friction factor and Nusselt's number can be found in
[7]. In general, this structured carrier compared to the clas-
sic dumped ceramic ones used so far (half-rings @ 10mm
6mm x 2mm and rings @7 mnx 7mm x 1.5mm with
rounded edges) is characterised by a lower pressure drop
(9% vs. 40%) and higher heat transfer coefficients (16% vs.
8%) [7].

3. Catalyst preparation

The selected structured catalyst carrier has been manufac-
tured from steel 00H20J5, containing 20 wt.% of chromium,
5wt.% of aluminium and traces of carbon. Two methods of
support and catalyst layering were used: (1) impregnation

This paper poses a continuation of our project on the de- in sol solution and (2) Langmuir film deposition which, for
velopment of structured catalyst carriers for catalytic oxida- the sake of conciseness of this work, is presented in our next
tion of hydrocarbons. The main aim of our project was to paper[10]. The catalyst obtained with the first method was
prove the applicability of metal structured catalyst for selec- used for kinetic study and for model testing presented in this
tive oxidation process. There we focused on three points: to paper.

deposit an oxide catalyst (typical of selective oxidation pro-

The first method of preparation consisted of three steps,

cesses) on the metal surface; to test the catalyst deposited owhich were monitored by X-ray microfluorescence (XRMF)
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Fig. 1. SEM photographs of the catalyst surface: (A) pre-calcined atXO@first preparation stage), 403 crystallites; (B) wash-coated catalyst surface
(second stage), Al-Ti oxide layer; (C) V—P-O precursor deposited (third stage).

and scanning electron microscopy (SEMjig. 1A-C.

surface composition measured exactly at the same zones.

Prior to wash-coat and catalyst depositing the carrier was There are however, zones covered with a thinner layer of ox-

pre-calcined at 1000C for 110h and then impregnated

with Al-Ti sol solution to deposit a wash-coat layer of

Al2O3 + TiO,. After each impregnation (repeated three
times) the carrier was dried at 8G to be finally calcined

at 500°C for 2 h. The whole procedure was repeated twice.

The catalyst precursor was introduced to the catalyst sur-

ides, where P:V ratio is somewhat lower (0.13—-0.67) proba-
bly due to calcination during which V cations have diffused
towards the surface. These zones could display poorer cat-
alytic activity as well as significantly decreased selectivity
towards MA as the catalyst composition seems far from the
desired structure of vanadyl pyrophosphate (M®D;. The

face by impregnation with ammonium metavanadate and deposition procedure of V—P-O catalyst followed by us has
o-phosphoric acid suspended in glycerol (80wt.% water been originally developed for ceramic rings. Thus, taking
solution). In order to assure the uniform distribution of the into account significant differences in shapes and materials
species, the suspension was mixed by bubbling with nitro- of both metallic and ceramic carriers, the catalytic proper-
gen. Impregnation and drying (18CQ, 5h) was repeated ties appear not optimal (see selectivity of MA formation re-
three times. Finally, the catalyst precursor was heated in ported in the next section). For the above reason other meth-

O, to 500°C at a heating rate &/min, then calcined for
3h and cooled at a rate°€/min. The resulting V-P-O
catalyst loading amounts approximately 5.3 kg/of re-
actor volume and is 11 times lower than that of a classic
carrier (dumped ceramic rings @mm x 5.0 mm, 58 kg
V—P-0/n?) used for few comparative reactive tests.

As is seen in SEM photograpfriy. 1A), on the surface
of the calcined steel sheets, firmly attached@ layer is
formed. Well-dispersed crystallites pfAl O3 in this layer

ods of catalyst depositing have also been being developed
[10].

4. Results of catalytic experiments
The structured catalyst was placed in a laboratory

single-tube reactor: i.d. 23.9mm and 165mm high. The
rosettes and U-rings were stacked alternately. The reactor

are able to cement the other layers with the carrier body temperature varying in the range of 360-3@0was sta-

(Fig. 1A). Apparently, during calcination Al atoms diffuse
to the surface of steel sheets segregatingya&\p O3 phase.
The additional A}O3 + TiO» layer deposited on top of
y—Al,03 creates some sort of a needle-like structure visible
in SEM photographsHig. 1B). The XRMF analysis shows
that the surface is covered mainly with HQTi:Al = 2).
The SEM photograph of the final catalyst surfaéey( 1C)
shows in turn a rose-like microstructure similar to that ob-
served by Kamiya et al3]. The majority of catalyst surface
is covered with a thick uniform layer composed predomi-
nantly of V and P, with atomic ratio P:V of about 1, judging
from the thorough analysis of both SEM pictures and XRMF

bilised in a bath of molten salts. The feedrebutane was
maintained at a flow rate of 1 dhiSTP)/h; air flow rate var-
ied in the range of 30—150 dhiSTP)/h. The post-reaction
mixtures were analysed by GC-MS supplied with capillary
columns (non-polar HP5 and the polar Innowax).

Prior to catalytic experiments, the catalyst was activated
under the reaction conditions for 12 h. Initially the catalyst
did not show any activity but on conditioning the prod-
ucts appeared, which is frequently reported in the literature,
e.g. Kamiya et al[3]. After 2-3 h the reaction reached a
steady-state and threbutane conversion and MA selectivity
remained constant.
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the considered flow rate, the diffusion coefficients from the
bulk gas to the catalyst surface are also the lowest. This
‘ may result inn-butane deficiency on the catalyst surface,
1 also contributing to the sudden drop of conversion with tem-
perature, and in the increased oxidation in a gaseous phase
(decreasing selectivity). However, for better understanding
! of these complex phenomena more experimental work and
modelling should be challenged.
‘ The series of experiments performed at the highest air
: flow (V = 150dn¥/h, Fig. 2) show a surprising increase
of both conversion and selectivity. We decided not to use
‘ these data for modelling and evaluation of the reaction rate
! constants, but to be comprehensive we present them in the
Fig. 2 The unusual behaviour could be accounted for by
| the experimental errors, which may come from diffusional
limitation connected with the highest dilution of reactants.
Moreover, the inlet section of the reactor might not have

60
Air flow

Vv, dm’h
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——50
—©-60
—— 150
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Conversion X, %

30 A

25+
reached a proper temperature (inert ballast).

The average conversion observed by us reaches 45% and
the average selectivity towards MA: 30%, which seems rela-
tively poor, but what we have to take into account comparing
typical conversions obtained in different systems is a reactor
space time and a turn-over frequency (catalyst loading). Our
test reactor is extremely small (165 mm) in comparison with
typical industrial reactors (up to 4 m) and therefore its con-
version and selectivity scores cannot be high. Farrauto and
Bartholomew[6] report average conversion 80-90% with
MA selectivity up to 60% for 4 m long industrial fixed-bed
reactors using bulk V—-P-0O catalyst, while Overbggk]
for a laboratory reactor—the conversion 5-10% with sim-
operates effectively in a relatively narrow parameter win- ilar MA selectivity over commercial bulk V-P-O catalyst.
dow: over the temperature range of 370-380and at an Additionally, supported V-P-O catalysts, in contrast to the
air flow rate of 50-60df(STP)/h. Thus upon increasing bulk V-P—O ones, display slightly lower MA selectivity:
the air flow rate to 150 dA(STP)/h and the temperature to  30-50% and a higher conversifii]. The overalin-butane
370°C, n-butane conversion decreases markedly. The bestconversion on the structured carrier related to the amount
catalyst performance was achieved at a air flow rate of of active V-P-O catalyst is almost twice as high as for the
60 dn? (STP)/h and a bath temperature of 380 dumped ceramic rings (@%mm x 5mm) with the same

The results of experiments performed at a flow rate catalyst, which were used for comparative tests inside the
30dn?(STP)/h seem somewhat puzzling, since the con- same reactor and under similar conditi¢fis Furthermore,
version having reached the maximum at 3€0tended to low MA selectivity observed by us could also be a result of
decrease with temperature. Simultaneously, a rapid decreasea not efficient or wrong procedure of catalyst preparation on
of MA selectivity was observed at the same flow rate. Such a a complicated structure of the metallic carrier.
behaviour could be a result of an experimental error, or even
of an unexpected change in the catalyst activity, however
equally it could be an inner property of the reacting system. 5. Simplified modelling of reaction kinetics

Two effects could play role here in favouring total oxida-
tion of n-butane: the Iongest contact time and the lowest heat Diffusive transport of reactants and heat transfer phe-
transfer coefficients. The latter result in the hlgheSt Catalyst nomena have been included in a S|mp||f|ed kinetic model.
temperatures. The reverse temperature dependence on thehe model assumptions have been derived from experimen-
conversion can be accounted for a huge exothermic effectta| results performed within this work (séég. 2) and the

20 A

Selectivity to MA S, %

390
Fig. 2. Temperature dependence on conversion and MA selectivity in

n-butane oxidation for different air flowa/f dm?® (STP)/h.n-Butane flow
was 1dmi (STP)/h for all experiments.

The temperature dependence on mHeutane conversion
and selectivity towards MA is given iRig. 2 The reactor

originating from oxidation ofn-butane, which contributes
to apparent activation energy of the overall reactiBgpf)
reflected by the values af-butane conversion. This may
cause the value dEapp to be negative Kapp = Ea + AH,
thus Eapp < 0 if AH < 0 and Ea < |AH]J) giving rise

the decrease of conversion with temperature. Moreover, for CaHio + v102 — MA + (2v1 — 3)H20 + Or

transport coefficients from the former stugi}. A one-step
mechanism of MA formation on catalyst surface has been
assumed. The simplified scheme of the parallel reaction is
as follows:

(1a)



A. Kolodziej et al./Catalysis Today 91-92 (2004) 59-65 63

. tube’s 0
solid catalyst flowing gas mixture  wall  path of
molten salts 2 S +25%
Tw=o ® o T
heat transport W
Tr $Tf T » T, 4
qzlfR(TR‘Tf) 9=a(Tr-Tw) g ) .0
c
reactions T -6 -25%
A+02=R+QR A+02=VsS+QS
_87
mass transport
Car D —— A
-10 T T T
Nav=Kev(Ca-CaR) 0,0014 0,00145 0,0015 0,00155 0,0016

Fig. 3. Scheme of the kinetic model. T, 1K

Fig. 4. Arrhenius plot fon-butane oxidation to MA derived from a model
parameterk; .

CsH10+ 1202 — vsCOp + (2v2 — 2v5)H20 + Qs (1b)

In factn-butane is also partly oxidised to CO; the CO:£0
ratio 0.8 can be assumed according to Sharma €t 2].
Thus the heat of total combustion calculated for this contri-
bution of CO and C@ amounts toQs = 2158 kJ/mol: the
heat of oxidation towards MA i®r = 1261 kJ/mol. The

bath. However, authors are aware of making a rough
approximation.

(vii) Reaction towards MA (1a) takes place on catalyst sur-
face, while combustion (1b)—either in a gaseous phase
(assumption ViiA) or on catalyst surface (assumption

stoichiometric factors equaly = 3.5;v2 = 6.5;vs = 4. viiB).
The assumptions for the model, envisaged alsBiin 3, Most of the studies assume catalytic combustion of
are as follows: n-butane (1b). However, in our opinion, oxidation of

(i) The model of the reaction assumes a simplified het-

(i) The reactor is unidimensional: The diameter of the re-

(iii) The density of the reacting gas mixture is constant: It

(iv) The reaction is of first order with respect tebutane

v)

(vi)

n-butane, and especially of CO, may partly take place in
a gaseous phase, due to a great excess of oxygen and a
3 : . relatively high temperature. The problem of homogenous
resistances betwee_n the fluid and the solid structure_d combusi/iongoccurriag simultaneOlE)st with catalytic gcl>xida—
catalyst are taken into _account. The mass trans_port Stion is widely discussed for methane selective oxidation.
considered as appropriate correction factor, while the \ye have also come across similar doubts concerning am-
heat transfer leads to a more exact estimation of the ,,ia oyidation in the literature. Furthermore, the assump-
reaction terr_lperature. Diffusion in the solid catalyst tion ViiA gives lower discrepancies betweén values on

and adsorption are neglected. the Arrhenius plot Fig. 4) than the assumption viiB. For
this reason homogenous combustion is also considered in
our calculations. Both assumptions, ViiA and viiB, lead to
similar equations. The model ViiA fits better to the experi-
o , mental data, however this fact is not an ultimate proof and
has beep found that it is approximately constant qlue 0 f,rther works are needed to gain a deeper understanding of
a very high excess o_f oxygen _(from 2 up to 10 times a combustion mechanism.

higher than (_Jf t_he st0|ch|0m_etr|c va!ues_) and to a large For conciseness, equations derived from different assump-
amount of diluting gases (nitrogen in air). tions will be distinguished with a letter “a” or “b” follow-

ing an equation number. The assumed reaction mechanism
gives the following equations:

erogeneous mechanism: Diffusion and heat transfer

actor was small enough to assume one-dimension re-
actor model.

and of zero order—to oxygen: There is an excess of

oxygen.
The heat transfer resistance between bath and tube wall dCac dCr

is neglected: The heat transfer coefficient from bath "4~ ~ g7 k1Cact+ka2Cp,  rR= o - k1Cac,
to tube (liquid phase—strongly mixed bath of molten dCs

salts) is much higher than that from tube to flowing 'S = g, — sk2Ca (2a)
gas. . . dCs

Both temperatures of a solid catalyst and flowing gas rs = —= = vgkoCac (2b)

do not change along the reactor: The length of the reac-

tor is small (165 mm), the energy evolved is relatively Mass transfer to the catalyst surface should balance the re-
low (low conversion degrees and high balance of dilut- action:

ing gases) and the cooling by circulating molten salts kel Ca — Cac) = k1C 3a

is very intensive. Thus, before the reagents reach the ov(Ca Ac) 1HAC (3a)
catalyst they are thermostated to the temperature of thekey(Ca — Cac) = (k1 + k2)Cac (3b)
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this gives a diffusional correction:

kCV

Xp= , kD =kXp,  Cac=CaX
D koo + k1 1 1XD Ac AXD
(4a)
Xp = _ b kP, = k12Xp
kev + k1 + k2’ L2 = mhem®
Cac = CaXD (4b)

The conversion degrees are defined as

Caonsvs = Cs,
NA =1NR+1s

Caonr = CR,
(5)
CombiningEgs. (2)—(5)the balances of components for an

ideal tubular reactor can be then written as
D

Caona = Cap — Ca,

KO+ k

dna = L —"2(1— na) dx (6)
kP + kD

dnpa = 1—2(1 — na) dx (6b)
kD

dnr = E(l —na)dx (7)
ko

dns = E(l —na) dx (8a)
kS

dns = E(l —na) dx (8b)

Integration ofEqgs. (6)—(8) assuming a constant value of the
ratio k2 /k, (k2/kD) gives
L

w

—In(L— ya) = kD <1+ E) @)
R

Eq. (9)allows calculating the corrected reaction rate coeffi-

cientsk‘l) and then true coefficientg (by iteration) for all

the catalytic experiments.
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For the reaction towards MA (2) the Arrhenius equation is

Ey
k1 = kl,oo exp<— RT )
c

The Arrhenius plot obtained for assumption viiA is presented
in Fig. 4. The value of estimated activation energyFis =

87 kJ/mol; and the value of the pre-exponential factor ex-
pressed as a boundary rate constant is, = 2.4 x 1P |/s.
Assuming catalytic combustion (assumption viiB), the esti-
mated activation energy was lowef{ = 66 kJ/mol k1
10 x 10%I/s). The values of activation energies obtained by
us are comparable to those reported by Sharma @tlfor
benzene oxidation to MAK = 99 kJ/mol) and by Schneider

et al.[13] for n-butane oxidation to MA K = 72kJ/mol).
However, the deviation of the calculatkdvalues from the
Arrhenius equation is significantly higher for the viiB as-
sumption (correlation factoR? = 0.33 or scatter of 30%)
than for the ViiA (R2 = 0.46 or scatter of 25%). First of all,

this considerable deviation results from the accuracy of the
catalytic experiments. The accuracy of the model simula-
tions is also limited. An average difference between the ex-
periments and calculated conversions amounts to 26% (rel-
ative) (for selectivity 16%). The largest deviations exceed
50%. It should be stressed that a series of experiments with
the highest air flow ratey{ = 150 dn¥/h, Fig. 2) are not
taken into account during modelling and the estimation of
the reaction rate constants because of very high level of ex-
perimental errors (possibly a result of high dilution of reac-
tants) and a surprising behaviour of selectivity.

The way of the calculation of the mass transfer coeffi-
cientskey and the heat transfer coefficients andoy, needs
some more comments. Mass transfer coefficieqtas well
as heat transfer coefficients between a rosette and flowing
gas were calculated using the theoretical solution for mass
and heat transfer at a laminar flow. A single segment of the
rosette (sector of a circle) has been treated as a representa-
tive channel, using its equivalent diameter. Influences of ra-
diation and of free convection have been taken into account.

(14)

To calculate the reaction temperature, energy balanceThe heat transfer coefficient, between the tube wall and

should be considered. According to the assumptions thethe flowing gas was calculated using slightly extrapolated
reaction heat evolved should be balanced by heat transfercorrelation derived by Kolodziej et di7].

to the cooling bath:

4L
wCao(nsQs + NROR) = 30tw(Tf —Tw) (10)
wCaonr QR = Laoc(Tc — Tt) (11a)
wCao(nsQs + NrROR) = Lawc(Tc — Tf) (11b)
This leads to the equations fog and Ts:
wCaoD
T = 1 ROZ (nsOs + IROR) + Tw (12)
L(XW
C
T. — wCaonROR s (13a)
Lao¢
C
T. = wCao(nsQs + NROR) s (13b)

Lac

The model calculations proved that the most significant
temperature difference appears between the wall of the re-
actor and the flowing gas. This difference changes from 7
to 70K (typically 20-40K) depending on process condi-
tions. The temperature difference between the gas and the
catalyst surface is significantly lower (0.2—0.8K). This is in
a good accordance with calculated differences-tiutane
concentrations between a gaseous ph&ag &nd the cat-
alyst surface Cac)- The ratioCac:Ca drops in the range
of 0.87-0.98 (typically 0.90-0.95). These results are the
consequence of a high specific surface area of the struc-
tured carrier (over five times higher comparing to that of
reactor’s tube wall) as well as of an intensive heat and mass
transfer inside the short channels formed between the leaves
of rosettes. It should be noted that negligence of the heat and



A. Kolodziej et al./Catalysis Today 91-92 (2004) 59-65

65

mass transfer resistances between gas and the catalyst signiReferences

icantly influenced estimated values of the activation energy.

6. Conclusions

e Calcination of chromium—aluminium steel—the material
for the reactor manufacturing—leads to the formation of
a thin layer ofy—Al,O3 crystallites strongly connected to
the surface.

e The method of depositing Tig-Al,O3 wash-coat layer
has proved efficient for further applications.

e Depositing catalytically active V-P—O phase needs further
surveys. The catalyst was not uniformly distributed on the
carrier surface due to a complex shape of the rosettes.
This could be a reason of a low selectivity towards MA.

e The catalytic tests proved that the structured catalyst could
significantly intensify the process of catalytic oxidation.
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